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Al~tract--Many studies have been conducted on the effective heat conductivity (2eft) and the heat ransfer 
coef~cient at the wall (~w) inside packed beds. It has been mentioned that the values of )~ff and ~w are 
changed when a chemical reaction occurs in the packed bed. We give an explanation for such a phenomenon. 
The properties 2of and ew are lumped parameters which usually are determined by both the measured 
temperature profiles and the model used to calculate the temperature profiles from 2off and ew. If either the 
experimental data are wrong or the model is erroneous the error will manifest i self in the values of ~.~ff arid 
ew- At least a part of the change in the values of 2~rf and ew due to a chemical reaction is caused by the fact 
that a homogeneous model with catalyst and gas having the same temperature is chosen, whereas a 
heterogeneous model with cata!yst and gas having different emperatures should be used. If no reaction 
occurs the catalyst and gas will have the same temperature and the homogeneous model yields a good 
description. Hence, when fitting temperature profiles with this model the correct values of 2 m and ew are 
found. If reaction does occur the catalyst and the gas will have different emperatures because the heat of 
reaction must be transferred from the catalyst to the gas. If, despite this fact, a homogeneous model is used to 
calculate the temperature profiles, an error is introduced which is reflected in the values of 2~ and ~.  As a 
consequence w  create an apparent dependence of ).,ff and ew on the reaction rate. We derive criteria to 
determine which model must be used. We discuss results presented inthe literature on the dependence of 2¢f e 
and e~ on the chemical reaction. The explanation is both qualitative and quantitative. 
INTRODUCTION 
Several studies have been conducted on the effective 
heat conductivity (2~ff) and the heat transfer coefficient 
at the wall (~w) inside packed beds [-see, for example, 
Damk6hler (1937), Zehner (1973), Hennecke and 
Schliinder (1973), Lerou and Froment (1977), 
Schlfinder (1966, 1978), Bauer (1977), Dixon and 
Cresswell (1979) and Hofmann (1979a, b)]. To this 
purpose models were developed for heat transfer 
inside packed beds. With these models the tempera- 
ture profiles inside packed beds were fitted by varying 
2elf and ~w. Thus the values of ~eff and ~w obtained in 
the literature are best-fit values. Several authors re- 
ported that 2eff and ~ are dependent on a chemical 
reaction occurring inside the packed bed [-see for 
example, Hofmann (1979b) and Chao et al. (1973)]. It 
is hardly likely that this dependence an be explained 
by experimental errors. It could also be possible that 
)let f and. c~w are affected by chemical reaction in some 
physico-chemical way. However, to our knowledge 
there is no indication whatsoever that can support his 
vision. The most probable explanation is that the 
model we use to fit 2ef¢ and ce w yields wrong results 
when chemical reaction occurs. Since 2ef and ~ are fit 
parameters, an error in the model used will manifest 
itself in the values of 2el f and e~. In this paper we will 
give an example of this. This implicates that we must 
focus on the models that can be used to describe heat 
transfer in packed beds. A packed bed is usually 
described by deterministic models. These usually arise 
from mass and energy balances on a micro scale over 
an infinitesimally small control volume of the packed 
bed. There are a number of options for these models: 
(1) It can be either one- or two-dimensional. One- 
dimensional means that only axial effects are taken 
into account; the two-dimensional models take both 
axial and radial effects into account. 
(2) It can be either homogeneous or heterogeneous. 
The homogeneous models assume that properties of 
the gas and catalyst phase are the same; the heteroge- 
neous ones take into account hat both phases have 
different properties, e.g. different emperatures. 
Generally a two-dimensional, homogeneous model 
is used to fit temperature profiles with 2el f and ew. The 
assumption that the stready state in a packed bed can 
be described with a homogeneous model is more 
probable if no reaction occurs, because in that case the 
catalyst emperature must equal the gas temperature. 
However, if a reaction does occur, this assumption 
becomes doubtful, even in the steady state. Typically 
for cooled tubular eactors the temperatures of the gas 
and the catalyst differ by a few degrees, whereas the 
radial temperature differences in the tubes are of the 
order of magnitude of 10-30°C: it can be expected that 
t653 
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the temperature difference between gas and catalyst 
has quite an impact on the radial temperature profile 
inside the tubes. 
If a heterogeneous model is used instead of a 
homogeneous model the dependence of/~eff and ct w on 
the chemical reaction can be explained as follows. If an 
exothermic reaction is carried out, the catalyst em- 
perature will be higher than the gas temperature. Since 
the reaction rate increases with increasing tempera- 
ture, the reaction rate--which is determined by the 
catalyst temperature--is higher than we would calcu- 
late on the basis of a homogeneous model, where we 
calculate the reaction rate on the basis of the lower gas 
temperature. Since the reaction rate is higher than we 
calculate on the basis of our model, our radial tem- 
perature profile will also be more pronounced than we 
calculate on the basis of the homogeneous model. We 
can correct for this by choosing a lower value for 2,ff 
and ctw, which also results in a more pronounced 
profile. Hence if we fit temperature profiles with the 
2~ff and ct w of a homogeneous model, an exothermic 
reaction induces an apparent decrease in 2eff and ctw. 
In reverse, ifwe carry out an endothermic reaction, the 
catalyst emperature will be lower than the gas tem- 
perature. Therefore the values of the reaction rate are 
lower than we would expect on the basis of a homo- 
geneous model. Thus the temperature profiles will be 
less pronounced than we expect, which corresponds to
higher values of 2ef and ct w. In other words, for 
endothermic reactions the effect on 2~ff and ~tw is 
reversed with respect to that for exothermic ones. We 
will quantify the explanation given above and will 
study to this end both a homogeneous and a heteroge- 
nous model. The models will be compared and charac- 
teristic parameters will be deduced. With those par- 
ameters we will derive criteria to determine whether or 
not a homogeneous model can be used, we will 
calculate the change in the values of 2,ff and ~tw if a 
chemical reaction occurs, and we will compare our 
results with experimental data given in the literature. 
To arrive at simple and understandable models we will 
make certain assumptions. 
ASSUMPTIONS 
The catalyst pellets in a packed bed have a very 
small contact spot area I-see. Fig. 1 and Bauer (1977)]. 
Hence, if heat must be transported from one pellet o 
another, it must be transported via the gas phase. So 
heat transport from the solid catalyst phase to the gas 
and from the gas phase to other pellets or the wall can 
be regarded as two processes in series. Also a model 
could have been chosen where heat transfer takes 
place via the solid and gas phase in parallel. Then it is 
assumed that there is a significant contribution of the 
heat flow through the contact spot and that heat 
transfer between the solid and gas phase is negligible. 
Since the last assumption is obviously wrong, no 
parallel models have been presented in the literature. 
Combinations of the series and parallel model have 
been presented, among others, by CressweU (1987). No 
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Fig. 1. Heat flow and contact spot area in packed beds. 
experimental data have been obtained showing a 
significant heat flow via the contact spot area. We 
strongly feel that parallel heat flow can be neglected 
compared to the series flow. At this point, the line of 
reasoning would be detained too much if all reasons 
were discussed; therefore we elaborate on this subject 
in the last appendix of this paper, Appendix D. For 
heterogeneous models heat transport in series implies 
that the catalyst temperature is determined by the heat 
flux from the pellet to the gas (%), and the gas 
temperature is determined by the radial heat flux to 
the coolant (2erf, ctw). A consequence of the fact that the 
heat transport via the catalyst and gas phase occur in 
series is that if we shove a thermocouple in a packed 
bed we will measure the gas temperature, not  the 
catalyst emperature. Since temperature profiles are 
usually measured this way, 2eef and ctw are determined 
from the gas temperature profiles. This becomes of 
importance if we discuss the heterogeneous model. 
In order to derive a simple and understandable 
correlation furthermore we have made the following 
assumptions: 
(1) in the micro heat balance heat transported by 
axial convection can be neglected compared to the 
amount of heat produced by chemical reaction, 
(2) there are no radial concentration profiles, 
(3) the reaction rate may be linearized with respect 
to the temperature, 
(4) external mass transfer limitation between the 
pellet and the gas may be neglected, 
(5) the physical properties do not depend on the 
temperature. 
Hereunder we will elaborate on these assumptions 
and explain their usefulness and acceptibility: 
(1) To envisage that the amount of heat ransported 
by the forced convection in the axial direction is 
negligible compared to the amount of heat produced 
by chemical reaction, we consider a simple first-order 
reaction taking place in a plug flow reactor and with a 
kinetic constant independent of the temperature. This 
case is further elaborated in Appendix A and from that 
it follows that the following dimensionless group 
dominates the phenomenon: 
Dependence ofeffective heat conductivity and heat transfer coefficient 
NTU 4U 
~ =NRU pgCp.gkD t (1) 
being the ratio of the number of heat transfer units 
(NTU) for heat transfer to the coolant divided by the 
number of reaction units (NRU). The importance of 
the number ~ is illustrated by the fact that the hot-spot 
temperature can be calculated irectly from it, accord- 
ing to 
Th'-- Tc ~ 1--~ (2) 
aT~ 
(see Appendix A). Here AT~d is the adiabatic tempera- 
ture rise in the feed gas: 
C i . ( -  AH) 
ATad -- - -  (3) 
PgCp,g 
Equation (2) is illustrated in Fig. 2. Notice that, de- 
pending on the value of ~, two regimes can be 
distinguished. For ~ <0.1 eq. (2) yields 
Th~-T~=I" (4) 
AT,~ 
Hence the hot-spot emperature equals the coolant 
temperature plus the adiabatic temperature ise. For 
> 2 eq. (2) yields 
Th,-T ~ 1 NRU 
ATad ~ NTU (5) 
Thus the hot-spot emperature decreases if the NRU 
decreases with respect o the NTU. For industrial 
adiabatic packed bed reactors ~ roughly equals 
10-3-10 -2 so in this case we operate in the low-¢ 
regime. For industrial cooled tubular reactors 
roughly equals 10-100 and we operate in the high-~ 
regime. For these reactors the difference between the 
hot-spot emperature and the coolant emperature is 
roughly 10-100 times smaller than the adiabatic tem- 
perature rise. 
From the discussion given in Appendix A it follows 
that heat transport by convection can be neglected 
always in the area around the hot spot. In the tail 
behind the hot-spot it can be neglected only if 
> 5. (6) 
0(301 
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Fig. 2. Dimensionless hot-spot temperature [(Th~ 
-- T~)/ATj vs the ratio (0 of the number of transfer units 
(NTU) to the number of reaction units (NRU) for packed 
beds. 
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Therefore heat transport by convection can be 
neglected for cooled tubular reactors in and behind 
the hot-spot; for adiabatic packed bed reactors it can 
never be neglected. Obviously for adiabatic packed 
bed reactors we are not interested in the values of 2at 
and % since almost no radial heat transport akes 
place anyway. Therefore we further focus on cooled 
tubular reactors and neglect he axial heat transport 
by convection. 
(2) The radial concentration profiles in cooled 
tubular eactors are caused by the radial temperature 
profiles. In the centre of the bed the temperature has 
its highest value; thus the reaction rate has its highest 
value and consequently the concentration its lowest 
value. In Appendix B it is shown that the radial 
concentration profile can be neglected if
R,~R(L) E° Tin-- L 
1. (7) 
2~aeCb RTc Tc 
Inserting some typical values--Rt~0.05 m, ~af~ 
10 -3 m2/s, R( Tc)/Cb~O.1 s -1, E,/RT~20---we find 
that 
T.,- Tc 
0,, ,~ 0.4. (8) 
T~ 
This gives an indication when the radial concentration 
gradient starts playing a role, which is hardly ever. 
(3) To study the case where radial temperature 
gradients are small enough to allow linearization of 
the dependence of reaction rate on temperature, we 
assume the dependence of the reaction rate on the 
temperature to be of the Arrhenius type. In a second- 
order approximation the reaction rate can be written 
as  
8R (T) 
R(T)=R(Tc)+(T- Tc )~T-  T=Tc  
1 02R(T) 
+2(T--Tc)2 8T2 r=r~ 
1{ E. T-L'~ 2 RL 
Thus linearization is allowed if 
1 E, T--Tc I_2RT,__ 
2 RT c T c E, '~ 1. (10) 
Since the temperature is extreme in the centre of the 
packed bed, it is sufficient o demand that 
T m - T~ 2 
(11) 
T c [(Ea/R r~) - -  21 
or  
2 
[0ml ~[~ (12) 
1656 
with 
E a 
f l= -2 .  (13) RTc 
Almost always B is between 10 and 20 [see, for 
example, Table 1 taken from Hlavacek and Kubicek 
(1970)]. Hence requirement (12) is more stringent than 
requirement (8). Thus the linearization of the reaction 
rate is no longer allowed long before radial concen- 
tration gradients play a role. Therefore, we need not 
consider adial concentration gradients nor require- 
ment (8). 
(4) External mass transfer limitation may be 
neglected if
C9 - Ck ,¢ 1. (14) 
G 
A mass and heat balance for the catalyst pellet yields 
R(Ck, Tk)V,=kaAp(Ca--Ck) (15) 
R(G, r~)V.(-aH)= %G( r , -  Ta). (16) 
It follows that 
G-G_% T,-G % ( T,- L) C, k a C, ( -AH)  -paCp,ak~ 
p,G., ]= ~, 7",-7", 
x Ca( -AH) J  PaCp,,ka AT, d" (17) 
We can write 
Ctp Nu 
- - = - -  Le. (18) 
paCp,aka Sh 
For gases Le~l and hence, according to the 
Chi l ton~oiburn analogy, Nu/Sh~ 1. Therefore we 
may write 
and thus 
~p 
pgCp,gkg 
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doubt the assumption that the other physical and 
chemical properties are temperature-independent is 
correct. Hence adherence to criterion (12) is sufficient 
to guarantee that this assumption is valid. Sum- 
marizing it follows that the assumptions given above 
are correct if: 
(1) we restrict ourselves to cooled tubular eactors, 
(2) the following criterion is adhered to: 
Ifl0,,I ~ 2 (12) 
where 0,, is a measure for the temperature in the centre 
of the packed bed: 
T.,- T, 
0,, = - -  (21) 
and fl is a measure for the dependence of the reaction 
rate on the temperature. If this dependence is of the 
Arrhenius type: 
Ea 
fl= -2  (13) 
RL 
or, more generally: 
/~-~ I-0R(T) ]-1 02R(_T) 
~=r~c ~. ~:~o or  ~ I~:~o 
(22) 
We further will assume these conditions to be fulfilled 
and apply them to the homogeneous and heteroge- 
neous model. 
- - ~ 1  (19) 
Ca- C k ~ Tk-- Tg ~ 10- 2-10- 3. (20) 
Ca ATad 
Hence we can conclude that in general external mass 
transfer limitation can be neglected. 
(5) Compared to the reaction rate, physical proper- 
ties depend only weakly on the temperature. Therefore 
in case the reaction rate can be linearized, without any 
Table 1. Some typical values of fl for industrial 
processes [data taken from Hlavacek and 
Kubicek (1970)] 
Process fl 
Ethylene hydrogenation 11.2 
Benzene hydrogenation 13.7 
Methane oxidation 19.5 
Ethylene oxidation 11.5 
Naphtalene oxidation 20.2 
Acrylonitrile synthesis 7.9 
HOMOGENEOUS MODEL 
A heat balance on a micro scale, using the assump- 
tions stated above, yields, for the homogeneous model: 
-2_eff O (rOT ~ 
= R (T) ( - An). (23) r Or\ Or/ 
If we linearize the reaction rate: 
[ T-T~ Tc OR(T) ] 
R(T)=R(Tc) 1+ Tc R(Tc) OT T=To 
(24) 
and introduce the following dimensionless numbers: 
t 
p =-- (25) 
R, 
T-To 
0 = - -  (26) Tc 
T~ dR(T) (27) 
g (T~) (-- AH) R 2 
(28) 
~af T~ 
Equation (23) can be written as 
p =y(1 + ~/0). (29) 
P 
This differential equation must be solved subject to the 
boundary conditions: 
Dependence of effective heat conductivity and heat transfer coefficient 
p=O~- -=O Op (30) 
80 
p= 1~- -= -BiRto 
Op dp 
(31) 
with 
Bi =~wdp (32) 
~,¢ff  " 
The solution to this differential equation can be found 
as  
o: - ' r  _ ,] 
~l L Jo (x/q~)- JrlT J l (JtlT)l(Bi Rtldp ) 
(33) 
with Jo and J~ being Bessel functions of zeroth and 
first order, respectively. Some examples of tempera- 
ture profiles obtained with eq. (33) are given in Fig. 3. 
This solution already serves our purposes; we now 
have to study the heterogeneous model. 
HETEROGENEOUS MODEL 
Under the assumptions stated before a heat balance 
on a micro scale for the gas phase in the heterogeneous 
model yields 
- - /~eff  ~ / /  OTo\ Ap 
r yr~r~-r)=~'(rk--ToIG (1-~) (34) 
where (1 -~)Ap/lip represents he outer surface area of 
the catalyst per unit of reactor volume. The catalyst 
temperature (TR) follows from 
o~pAp (T k- To) = lip ~ (-- AHt. (35) 
After linearization of R (Tk) eq. (35) yields 
R(TD(-AH) G rk - r  o- 
(1 - e)otpAp 
[ T~ OR(T) Tk--T~J (36) 
x 14R(TD eT IT=~o T~ " 
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We introduce the following dimensionless numbers: 
T o - T~ (37/ 
0o=-- L
Tk-L 0 k_ (38) 
re 
R(T<)(--AH) G rk-r .  6= 
(l -e)~tpApT~ T, 
I T~ ~?R(T) Tk-T~] - I .  (39) 
× lqRIrD V/ T=To~-  
Hence the dimensionless group 6 is a measure of the 
relative increase in the temperature due to the external 
heat resistance between the pellet and the gas. With q 
and ~, given by eqs (27) and (28) we obtain 
-1 0 / gOo\ 
, (40/ 
O k - -  0 O = (~ (1 + qOk) (41) 
subject to the boundary conditions (30) and (31). 
Substitution of eq. (41) in eq. (40) yields 
-1  ~ f OOa" ~ F f 0 o 6 "~-] 
7 
= 1 - a~-~ (1 + r/Oo). (42) 
Comparing with eq. (29) we see that the same tempera- 
ture profile is found with the homogeneous and the 
heterogeneous model, save for the fact that ~ in the 
homogeneous model must be replaced with 7/(1-6r/) 
to obtain the heterogeneous model. We will elaborate 
on this in the next section. 
It is important to investigate when eq. (42) may be 
used. This is the case firstly if the assumptions stated 
before are applicable and secondly if the linearization 
used in eq. (36) is allowed. This linearization isallowed 
if 
T 
08 
0 .6  
B i~2 
04  
02  
I 
- - -~-  p 
Bi = 10 
I 
O8 
cD 
O4 
© I 
- - , , -  p 
Fig. 3. Illustration of the radial temperature profiles, as found with the homogeneous model, for several 
values of Bi and x/t/7. 
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1 0 T [0R(T)  ] - '  02R(T) 
k ~L~T-  r : r , _  ~ r=r ,  <~1. (43) 
Introduction of the number , see eq. (22), gives 
I/~0kl ~ 2. (44) 
Substitution of eq. (41) yields 
~(Og + fi) ,~ (45) 2. 
Substituting some typical values like r= 10-20, Og 
=0.05-0.1, and ~ =0.01-0.02 shows that this roughly 
may be written as 
fit/,~ 0.5. (46) 
The formulae given in the next section can be used if 
the number 6t/is smaller than 0.5. 
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and so 
OHWR 
OT 
COMPARISON OF THE HOMOGENEOUS AND THE 
HETEROGENEOUS MODEL 
It is convenient to define a dimensionless group ~: 
( -AH)  Vp dR(T) 
~=6tl=(1-e)ar4p OT r=r, (47) 
The physico-chemical significance of ~ can be found by 
the following reasoning. After linearization of the 
reaction rate we can write 
To= Te+[~(TT)  T=T,I -1 [R(Ta)-R(T~)] (48) 
_ VOR(T)I ] - '  
(49) 
Substituting into eq. (35), it follows, for ~: 
( -AH)  Vp dR(T) R(Tk)-R(Tg )
~-(1--e)%Ap ~3T r-r . -  R(Tk) (50) 
Hence the dimensionless number ( is a measure of the 
relative increase in reaction rate due to the external 
heat resistance between the pellet and the gas. There- 
fore ~ is also a measure for the deviation between the 
homogeneous and the heterogeneous model. Alter- 
natively ~ can be regarded as the ratio of the derivative 
at the coolant emperature of the pellet heat produc- 
tion rate and the derivative at the coolant emperature 
of the pellet heat withdrawal rate. The pellet heat 
production rate equals 
HPR= R'T'f) ( -AH)  Vp (51) 
(1 -e) 
and hence 
OHPR _ (-- AH) lip dR(T) (52) 
aT r=re (1 --e) 0T r=r. 
The pellet heat withdrawal rate equals 
H WR = %Ap (T -  Tc) (53) 
= %Ap. (54) 
T=Tc 
Taking the ratio of eqs (52) and (54) it is found that 
can also be written as 
(--AH) Vp dR(T) 
=\~lr=roJ/\~lr.r°)" (55) 
We want to call attention to the fact that we found the 
dimensionless group (OHPR/OT)/(OHWR/OT) in sev- 
eral variations playing a dominant role in the descrip- 
tion of the phenomena ofheat transfer combined with 
chemical reaction [see Westerink and Westerterp 
(1988)]. 
As stated before the values of •eff and aw are 
determined by fitting experimental gas temperature 
profiles, not catalyst temperature profiles, with a 
homogeneous model. If we compare qs (29) and (42) 
we see that, instead of determining a value ~ we think 
or hope we are determining, we actually obtain a value 
?* equal to 
7 ~* - (56) 1-~ 
or instead of the actual value of 2eft we obtain a value 
2*u: 
R(T~)(-AH)R 2 R(T,)(-AH)R 2 
'~e*ff Tc 2eff Tc 
1 
)< ~ 2¢~ff ~-/~¢ff (1 -- ~). (57) 1-~ 
Since we determine the correct value of the Blot 
number--the boundary conditions remain the same-- 
and, since Bi is proportional to 2af/~w, achange in the 
value of 2off will automatically induce a change in the 
value of gw: 
Bi = a~Rf = Bi* = ~t* Rt. (58) 
Thus also the value of ~* found by fitting experimental 
temperature profiles and the actual value of ~,~ differ 
according to 
~* = aw(1 - ~). (59) 
Notice that eqs (57) and (59) for exothermic reactions 
predict values of 2*ff and a* lower than the real values 
of ,~©ff and a~, and for endothermic reactions values 
higher than the real ~eff and ~w. This is in agreement 
with the physical explanation given in the Introduc- 
tion: for exothermic reactions the catalyst temperature 
is higher than the gas temperature, sothe reaction rate 
is higher than expected and thus temperature profiles 
are more pronounced than expected, for which we 
have to correct by chosing lower values for/~eff and a~; 
Dependence of effective heat conouctivity and heat ransfer coefficient 
for endothermic reactions according to the same 
reasoning we will find higher values for 2off and ~w. 
We would like to emphasize that the formulae given 
here--hence also eqs (57) and (59)---can be used only if 
= ~t /< 0.5 (60) 
because of the linearization we introduced. In order to 
further support he statement that the apparent de- 
pendence of2off and ~w on chemical reaction is highly 
significant, we note that Hofmann (1979b) reports that 
the number ~ should roughly equal 0.24).3. However, 
he finds that values of 2elf and ~w are higher for 
exothermic reactions, not lower as predicted by us. 
This can be expected, since it is hardly likely that the 
correlations used to calculate 2off and ct w without 
chemical reaction are very accurate. This is illustrated 
in Fig. 4, where ~-eff and ~w are plotted vs the Peclet 
number for the case where there is no chemical 
reaction (for definition of Pe see Notation). The 
straight lines were calculated from the correlations 
given by Zehner (1973) and Dixon and Cresswell 
(1979); the dots indicate the values measured by 
Hofmann (1979b). Notice that there is a 25-80% 
deviation between the literature correlations and the 
values measured by Hofmann (1979b). Since a 10% 
error in those correlations will induce a much larger 
error in the value calculated for ( [see eqs (57) and 
(59)I, a considerable spread in the values for ( must be 
expected. 
Secondly, it must be mentioned that ( depends on 
the velocity, not only because ~p depends on the 
velocity, but also because the axial concentration 
12 
2 
i ,° 8 
t I L 
4O 60 8O 
% 
5O 
I 
I I . I 
40 60 80 
Pe 
Fig. 4. Effective radial heat conductivity (/~eff) and the heat 
transfer coefficient at the wall (ctw) vs the superficial gas 
velocity for the no chemical reaction case. Straight lines 
obtained from literature correlations, dots measured by 
Hofmann (1979b). 
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profile of the reactant is determined by the velocity. 
Since the reaction rate depends on the concentration, 
the derivative of the reaction rate with respect o the 
temperature d pends on the concentration a d there- 
fore also ~ depends on the concentration. Thus ~ varies 
in the axial direction of the tube, or, if we calculate 2eff 
and ct w by fitting the radial temperature profile meas- 
ured at one specific location in the axis of the tube, it 
depends on the velocity what the local value of ~ is in 
that particular place. Since we do not know where 
Hofmann (1979b) measured his radial temperature 
profiles we cannot give exact data for the values to be 
expected for ~ in his experiments. 
In Appendix C an order of magnitude is estimated 
for the number ~. The result is 
I~1 =0.014).6. (61) 
Now we easily derive a criterion to determine whether 
or not a homogeneous model can be used instead of a 
heterogeneous one. If we allow a 10% error then 
according to the eqs (50), (57) and (59) a homogeneous 
model can be taken if 
I~1 < 0.1. (62) 
This condition isfulfilled in the case when the reaction 
rate is low or hardly depends on the temperatUre or if 
the heat transfer between the catalyst pellet and the 
gas phase is very good. 
CONCLUSIONS AND SUMMARY 
A homogeneous model may be used instead of a 
heterogenous model if 
I-AHIVp dR(T) r=rc_le(Tk)-R(Tg)l 
Iq-(1 -e)%Ap t3T R(Tk) 
<0.1 (63) 
= , , ,~7-  , - : , -o / / \~- -  ,-=~o) = 
i.e. when the relative increase in reaction rate due to 
the external heat resistance between the pellet and the 
gas is smaller than 10%o. 
If Iq > 0.1 a heterogeneous model should be used. If 
for that case we neverfheless use a homogeneous 
model the heterogeneous character will be lumped in 
the values of 2eff and ~t w. These values will increase for 
endothermic reactions (~<0) and decrease for exo- 
thermic reactions ((>0). We have shown that the 
apparent change in 2eff and ~t w can be calculated from: 
"~e*ff = '~'eff ( l  - -  ~) (57) 
~* = ~w (1 - ~) (59)  
which can be used for ~ < 0.5. 
Although the assumptions for the models employed 
by us are rather crude, we believe that the dimen- 
sionless group ~ is the characteristic parameter for 
comparing the homogeneous and heterogeneous 
model. Also we feel there is no reason to assume that 
the values of 2~ff and ~.. are changed when a chemical 
reaction occurs. We are convinced that the system 
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properties remain constant and are not influenced by a V v volume of a catalyst pellet, m 3 
chemical reaction, z axial coordinate, m 
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a o 
Ap 
Bi 
Cb 
Cg 
fin 
Ck 
Cp 
Cp,g 
~eff 
~g 
Eo 
HPR 
HWR 
( -AH)  
kg 
Le 
L, 
NRU 
NTU 
Nu 
Pe 
r 
R 
R(70 
R t 
T 
T~ 
r~ 
1-. 
ATad 
U 
V0 
~w 
NOTATION ~*w 
thermal diffusity of the gas, m2/s 
external surface area of the catalyst pellet, m 2 
=o~wdp/,~eff, Biot number based on particle fl 
diameter 
bulk concentration of the reactant, mol/m 3 
concentration of the reactant in the gas 
phase, mol/m 3 ?* 
inlet concentration of the reactant, mol/m a 
concentration of the reactant in the internal 6 
catalyst pores, mol/m 3 
concentration of the reactant in the internal e 
catalyst pores, mol/m 3 
specific heat of the gas, J/(kg K) 
= 6 Vp/Ap, particle diameter equivalent to a 
sphere, m 
radial mass dispersion coefficient, m2/s 
diffusion coefficient of the reactant in the gas 
phase, m2/s 
energy of activation, J/mol r/ 
heat production rate, W 
0 heat withdrawal rate, W 
reaction enthalpy, J/tool reactant converted: 0g 
for exothermic reactions ( -AH)>0;  for 
endothermic reactions ( -  AH) < 0 Ok 
reaction rate constant based on the catalyst Om 
volume, s- 1 
mass transfer coefficient of the reactant be- 
tween the pellet and the gas, m/s 2eff 
= ag/~g, Lewis number /~ff 
tube length, length of the packed bed, m 
= kL,/v o, number of reaction units 
=4ULt/(pgCp,gvoDt) , number of heat transfer vg 
units 
= %dp/2g, particle Nusselt number 
= vodp/%, particle Peclet number 
radial coordinate, m P 
gas constant, 8.314 J/(mol K) Pg 
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reaction rate at the temperature T 
[R(T)>0] ,  mol reactant converted/(m a 
packed bed volume s) 
tube radius, m 
temperature, K 
coolant emperature, K 
gas temperature, K 
catalyst emperature, K 
temperature in packed bed centre, K 
= Cg( -- AH)/(paCp.a) , adiabatic temperature 
rise of the gas, K 
overall heat transfer coefficient between the 
packed bed and the wall, W/(m 2 K) 
superficial gas velocity based on the empty 
tube, m/s 
Greek letters 
% heat transfer coefficient between the particle 
and the gas, W/(m 2 K) 
heat transfer coefficient between the packed 
bed and the wall, W/(m 2 K) 
apparent value of % when chemical reaction 
occurs, W/(m 2 K) 
R (T~) ( -  AH)R 2 
•eff Tc 
apparent value of y when chemical reaction 
occurs 
Rtrc)(--An)Vp 
(1 - e)%Ap T c 
porosity, volume fraction of the gas in the 
bed 
( -AH)  Vp aR(T)  _R(Tk) -R(To)  
-(1--e)~pAp ~ T=T. R(T~,) 
OHPR OH WR 
T~ dR(T) 
=R(rc) ~- -  [r=r~ 
=(T--Tc)/T~, dimensionless temperature 
=(Tg-T~)/T~, dimensionless gas tempera- 
ture 
=(Tk-Tc) /T  c, dimensionless catalyst em- 
perature 
= (T . -  Tc)/Tc, dimensionless temperature of 
packed bed centre 
effective radial heat conductivity of the 
packed bed, W/(m K) 
apparent value of ~'¢ff when chemical reac- 
tion occurs, W/(m K) 
kinematic viscosity of the gas, m2/s 
= 4 U/(pgCp,gkDt), ratio of the number of heat 
transfer units and the number of reaction 
units 
= r/R. dimensionless radial coordinate 
density of the gas, kg/m a 
=z/L .  dimensionless axial coordinate 
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APPENDICES 
Appendix A: the contribution of the convective term in the 
micro heat balance according to the one-dimensional model, 
neglecting the temperature dependence ofthe reaction rate 
To make a rough estimate as to whether the convective 
term in the heat balance can be neglected or not, we consider 
a first-order reaction taking place in a one-dimensional plug 
flow reactor and with a reaction rate independent of tempera- 
ture. For micro balances for mass and heat yield (see Fig. A1): 
0¢ 
- -=  -NRU¢ (AI) 
0¢o 
d0 
- -  = NR U AOad ¢ - -  N TU 0 (A2) 
0~o 
where we introduced the parameters: 
z 
co = ~ (A3) 
L, 
C 
¢ =- -  (A4) 
Cin 
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C~°(-AH) 
AOaa (Ah) 
pgCp,g~ 
4LtU 
NTU = - -  (A6) 
PgCp.gvoDt 
kL, 
NRU =- -  (A7) 
Vo 
and 0 as given in the Notation. If the gas inlet temperature 
equals the coolant emperature, which is very often true for 
cooled tubular eactors, this set of equations must be solved 
subject o the initial conditions: 
o=0~0=0 A ¢=1. (A8) 
From this we find that 
e-NTUtOe-NRUm 
0 = NRU A0ad (A9) 
NRU-NTU 
According to this model a hot-spot occurs for 
00 In (NR U/N TU) 
- -  = 0 ==~ c0h~ -- . (A10) 
0o9 NRU--NTU 
The hot-spot will be located inside the reactor if wns < 1, so if 
In (NR U/N TU) 
< 1. (A11) 
NRU-NTU 
This is illustrated in Fig. A2. Notice that a hot-spot in the 
packed bed is favoured by both high NTU values and high 
NR U values. 
The hot-spot temperature can be found by substitution of
eq. (A10) in eq. (All), which yields (') 
ors r .~-L  ~.  
- ~ (A12) 
A0.d ATad 
This is illustrated in Fig. 2. 
Heat transported by convection i  the axial direction can 
be neglected as compared to the amount of heat produced by 
chemical reaction if [see eq. (A2)] 
~ <NRU A0ad ¢. (A13) 
According to eq. (A9) this condition can be written as 
NR U - N TU e (~RU -srv),o 
I ~ I <~1 (A14) 
1 °, 
'-il 
Circumference S (m) = 2mR 
Cross-section A (m 2) = wR z 
~ u  Sdx (T.-~) 
~b (m31s) 
Fig. AI. Infinitesimally small volume element (A dx) in a 
plug flow reactor. 
5 
4 
i No hot spot 
[ I L I 
o i 2 3 4 5 
NRU 
Fig. A2. Values of NTU and NRU where a hot-spot region 
in packed-bed reactors can be expected. 
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or, since 
In (NR U/N TU) 
~oh~ - (A  15) 
NRU-- NTU 
eq. (A14~ can also be written as (o.o) 
1-¢~ 
.~ 1. (A16) 
This is illustrated in Fig. A3 It will be clear that condition 
(A13) holds: 
(1) always near the hot-spot; 
(2) and also before and behind the hot-spot if ~ is large, say 
larger than 5. Consequently for cooled tubular eactors with 
large ~ values, typically ~= I0-100, the neglect of axial 
convection in the micro heat balance is a very reasonable 
assumption. This assumption will pose some problems only 
very close to the reactor entrance; for the remainder of the 
reactor tube length it holds. 
On the other hand for industrial adiabatic packed bed 
reactors ~ values are very low, typically ~=10-2-10-3: 
typically NRU= 1-10 and NTU= 10-2-10 -3, so according 
to eq. (All) we operate outside the hot-spot region (see 
Fig. A2). Hence for adiabatic bed reactors ¢ is very low and 
co/cou,¢ 1. As a consequence, from Fig. A3 it can be seen that 
for these types of reactors the convection term in the heat 
balance cannot be neglected anymore, since 
180/&ol/(NRUAO,d dp), which is shown in Fig. A3 vs C0/COh.,, 
remains close to (co/cou <g 1). 
Summarizing it may be concluded thai axial convection of 
heat indeed can be neglected as long as we refer to cooled 
tubular reactors only. 
R. J. WIJNGAARDEN and K. R. WESTERTERP 
I~ /R  = 
  22Jg2 2 
profl Le ~ 
R, 
Appendix B: when can we neglect radial concentration pro- 
files? A rough estimation 
Consider a packed bed between two infinitely long flat 
slabs (see Fig. B1). Between the two slabs there is a linear 
temperature profile. The temperature gradient is very small, 
so that the reaction rate can be linearized. Hence there will 
also be a linear reaotion rate profile (see Fig. B1). 
We can calculate the maximum driving force for radial 
dispersion of the reactant by assuming that the reaction rate 
on the left-hand side of the catalyst bed is R,, whereas it is R h 
on the right-hand side If the cross-sectional area parallel to 
the two slab walls of the bed is A (m2), the difference between 
the amount of reactant converted on the left-hand side and 
the right-hand side is 
1 
(Rh-- R,) ~ RA (mol/s) (B1) 
I Decreasing 
Fig. A3. Relative contribution of axial convection vs an axial 
coordinate (co/coh~). 
Rh 
Reaction rate 
profile 
T, 
Te mperature 
proli~.e 
~td Hot 
wall wall 
Fig. B1. Illustration of temperature and reaction rate profiles 
inside a bed packed between two infinite slabs. 
If the difference of the concentrations at the hot and cold wall 
equals AC=Cc--Ch, the flux through the centre plane 
roughly is equal to 
AC 
- -  A~eff (mol/s). (B2) 
R 
Hence the maximum concentration difference is roughly 
given by 
R 2 R 2 8R (T )  
AC = - -  (T h -  T~) x ~ . (B3) 
2~ef f (Rh- Rc)~2~ef f 8T T=Te 
If the dependence of the reaction rate on the temperature is of 
the Arrhenius type, this can be written as 
R~R(Tc) ~. Th--L 
AC (B4) 
2~ff  RT~ T~ 
or, if the average concentration i the bed equals Cb, the 
relative concentration difference is given by 
AC R2R(T~) E. Th--T~ 
(BS) 
C b 2~effC b RTc T c 
Hence the concentration gradient across the bed can be 
neglected if 
R2R(rc) E. r~-T~ 
,~ 1. (B6)  
2~afC b RT~ T~ 
Appendix C: an estimation of the order of magnitude of the 
number ~ which is a measure for the heterogeneity ofa packed 
bed with chemical reaction 
Here we will make an estimation for the number (. For that 
we will use the definition 
(--AH)V, ~R(T) 
f f - ~  ~ V=rc (C1) 
Roughly the following figures may be used for industrial 
reactors: 
I - AHI ~ 500 x 10 a J/mol reactant 
e~0.5 
~p~ 100 W/(m 2 K) 
V~/Ap~ IO - 3 m. 
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If the dependence of the reaction rate on the temperature is of 
the Arrhenius type we may write 
OR(T) E, R(Tc) (C2) 
~- I r -To  RT, T~ 
Typical reaction rates range from 0.1 mol reactant/im 3 bed s) 
up to 1 mol reactant/(m 3 bed s): further Ea/(R Tc)= 10-20 (see 
Table 1), and Tc=300-800 K, so that 
0R (T) 
r=r=O.Ol~).6 mol reactant/im a bedsK). (C3) ~-- 
Inserting the values obtained into eq. (C1) we find that 
I~l = 0.01~.6. (C4) 
Appendix D: heat ransport inside packed beds. Arguments for 
the series model 
We assume a series model for heat transport in the bed in 
which heat transfer between two pellets via their contact spot 
area is neglected compared to the amount of heat ransported 
by the gas phase near the pellet contact points and around 
the pellet. In this series model we have heat transfer from the 
solid phase to the gas phase and radial heat transfer within 
the gas phase to the wall. To a certain extent his choice is a 
rather arbitrary one: all heat transport properties in a packed 
bed are lumped parameters, and model deviations are 
lumped in the values of these properties. Since no model 
matches reality completely there will always be certain 
deviations and therefore we will always lump some relevant 
physical processes in the values of the heat transport proper- 
ties. This can create apparent dependences of the heat 
transport properties on certain parameters, asis the case for 
the dependence on reaction kinetics due to the lumping of the 
heterogeneous character. If a model is closer to physical 
reality, there will be less discrepancies and the discrepancies 
that still occur will be smaller. This urges the choice of a 
model which is as close to physical reality as possible. Here 
we will give six reasons why we have chosen the series model: 
(1) On intuitive grounds one could argue that the fact that 
heat transport through the pellet contact points cannot be 
neglected isconfirmed by the fact that the static contribution 
of the effective heat conductivity of the bed depends on the 
heat conductivity of the solid phase. Under industrial condi- 
tions usually velocities are so high that the value of the static 
contribution in the effective heat conductivity can be 
neglected compared to the dynamic contribution, so the 
effective heat conductivity becomes independent of the con- 
tribution of conduction within the solid phase. The series 
model does not deny heat transport through the solid phase: 
heat is transported from one pellet to another via the gas 
phase, but also heat is transferred through the pellet itself. 
The series model only states that heat transport via the 
contact spot is negligible. As a matter of fact, since we assume 
that the temperature of the pellet is uniform we assume an 
infinitely high conductivity of the pellet. We believe that 
conduction within the solid phase itself need not be con- 
sidered because the solid phase is the discontinuous phase. 
The gas phase is the continuous phase, and therefore radial 
and axial conduction in the bed is determined to a much 
greater extent by the so-called effective conduction within the 
gas phase, 
(2) It has also been argued that parallel heat. transport 
cannot be neglected because the stagnant gas interstices near 
the pellet contact points must be included as part of the solid 
phase. If this were true the particle surface area should also be 
corrected to another smaller area really effective for heat 
transfer from the particle to the gas. We do not see any reason 
to include those interstices as part of the solid phase whereas 
they simply consist of gas. Also, this region will contribute to 
the overall value of the heat transfer coefficient of a single 
particle in a bed to the surrounding as, 
(3) We did experiments which show that we can describe 
transient, heterogeneous experimental temperature profiles 
in a packed bed within a 2% relative error using a series 
model. We will report the results of these xperiments in the 
near future. The values found for the heat transport proper- 
ties from these profiles are in good agreement with values 
reported in the literature for entirely different systems, e.g. 
steady-state systems, 
(4) We have measured local values for the pellet heat 
transfer coefficient, also assuming that for a pellet inside a 
packed bed we have heat transfer from the pellet to the gas 
only and that there is no direct heat transport from this pellet 
to its neighbouring pellets, i.e. there also a series model is 
assumed, now on a pellet scale. These results will also be 
presented in the near future. Values for the pellet heat ransfer 
coefficient obtained with this model are in excellent agree- 
ment with data reported in the literature, again despite the 
entirely different systems used, 
(5) We measured catalyst and gas temperatures inside a 
packed bed where an exothermic reaction was carried out 
and found that two neighbouring pellets could easily differ, 
e.g. 3°C in temperature, due to the different catalyst content 
of the pellets, but the gas flowing around those pellets did not 
have a sudden jump in temperature. The temperature differ- 
ence between pellet and gas was, for example, 3°C for the cold 
pellet and 6°C for the hot pellet, 
(6) Calculations by Bauer (1977) show that the contact 
spot area between pellets inside a packed bed is so small that 
the contribution of this contact spot to the static contribution 
of the effective heat conductivity of the bed is absolutely 
negligible. 
Because of the arguments given above we feel convinced 
that the series model is much closer to physical reality than 
the parallel model. 
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